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Prediction of radial gas profiles in vertical pipe flow on the
basis of bubble size distribution
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Abstract — A method for the prediction of the radial gas profile for a given bubble size distribution is presented. It is based on the
assumption of the equilibrium of the forces acting on a bubble perpendicularly to the flow direction. These forces strongly depend
on the bubble size [14, 18]. For the simulation of transient flow regime effects, the modelling of several bubble classes in a 1D model
and consideration of their radial profiles seems to be more promising than a detailed 3D modelling. The radial profile of the liquid
velocity is calculated by the model of Sato [21, 22]. On the basis of this velocity profile, radial distributions are calculated separately
for all bubble classes according to the given bubble size distribution. The sum of these distributions is the radial profile of the gas
fraction. It is used in an iteration process to calculate a new velocity profile. There is a strong interaction between the profiles of
liquid velocity and gas volume fraction. The model is the basis of a fast running one-dimensional steady state computer code. The
results are compared with experimental data obtained for a number of gas and liquid volume flow rates. There is a good agreement
between experimental and calculated data. In particular, the change from wall peaking to centre peaking gas fraction distribution is
well predicted. 0 2001 Editions scientifiques et médicales Elsevier SAS

two-phase flow / flow pattern / vertical pipe flow / bubble size distribution

Nomenclature Greek symbols
D  diameterofthepipe . ........... m gas volume fraction
Eo  E6tvés number e energy dissipation rate per unitmass . .. 2.g13
Eoqy modified E6tvds number n viscosity . . . ... N-m—2
F force perunitvolume . . . . ... .. ... h3 o density . .................. kg3
M Morton number o surfacetension . . ... ... .. ... .. Nt
R radiusofthepipe . .. ........... m T shearstress . ... ............. 2
Re  Reynolds number _
Vv  ovolume . ............. ... .. fh Indices
d diameter . .. ........ EEEEERCE m D refers to the dispersion force
8 constant of gravity acceleration . . . . . . 9.81s7 D,Eo refers to the E6tvés-number-dependent
j superficial velocity . . . . ... ... ... e 1 dispersion force
k turbulent kineticenergy . . . .. .. ... 52 H  horizontal
n bubble density . ... ........... w L refersto the lift force
r radius . . . . . m T refers to the net transverse lift force
¢ time . . . .. s w refers to the wall force
w o ovelocity . ... ps1 bubb property of a bubble
y distance fromthewall . ... ....... m 9 gas phase
i number of the bubble class

I liquid phase
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1. INTRODUCTION

The knowledge of the flow pattern is essential for one-
dimensional models of two-phase pipe flows. Such mod-
els are frequently used for practical applications in the
field of design, optimisation and safety analysis of chem-
ical and nuclear plants. Most of the correlations used by

these codes, e.g., for pressure drop or heat and mass trans

fer, are valid only for a given flow regime. For the predic-
tion of the flow regime, empirical and theoretical flow
pattern maps have been developed (see, e.g., [1]). In gen
eral, the flow pattern may change along the flow path as
well as with time. However, only steady state flow maps
for fully developed flow conditions are state of the art.
They are not able to predict the transient restructuring of

must be understood as local events. Their rates depend
on the local quantities of the bubble number densities and
bubble sizes. For this reason the total rates over the pipe
cross section are controlled by the radial distributions of

the bubbles depending on their size. To give an example,
the coalescence rate for 3 mm bubbles with 8 mm bubbles
should be much smaller in case of consideration of the

radial distributions compared to a model that uses particle

densities averaged over the pipe cross section. The 3 mm
bubbles are located preferably in the wall region and
the 8 mm bubbles near to the pipe centre. This means,
collisions between a 3 mm bubble and an 8 mm bubble
are less likely than predicted considering uniform radial
distributions.

The collision between a bubble and an eddy is as-

the flow pattern. Recently attempts were made to solve sumed to be the reason for bubble fragmentation (see,
this problem by the introduction of additional equations €-9-, [5]). Because of the larger shear stress, the collision
for the bubble density or corresponding parameters like frequency between a bubble and an eddy in the wall re-
bubble diameter, bubble volume or interfacial area (see, 9ionis larger than in the centre. That means for a bubble
e.g., [2]). Such models have to consider bubble coales- with a given diameter the break-up rate is larger in wall

cence and bubble break-up.

In literature several models are available for bub-
ble coalescence and break-up [3-5]. The rates for both

processes depend on the bubble density. If an equation

for the particle density or any equivalent parameter is in-
cluded in one-dimensional models this parameter is for-

mally available, but averaged over an area perpendicular

to the flow path.

Many investigations were done concerning the radial
gas profiles in vertical pipe flow [6-9]. In some cases

wall peaking was observed in other cases a peak in the

pipe centre was found. The gas profiles are the result
of the nondrag forces, acting perpendicularly to the flow
direction, which are caused by the liquid shear flow in
the tube. Zun derived a lift force, to which a spherical
obstacle in a shear flow is subjected [10]. According
to the liquid velocity profile, found in a vertical tube
upwards flow, this lift force acts into wall direction. Antal
et al. [11] proposed to consider in addition a lubrication
force, which acts to drive the bubbles away from the
wall. Tomiyama et al. [12, 13] proposed an extended
definition of the lift force, changing its sign depending on

region. A bubble with a diameter larger than 5.8 mm, gen-
erated in wall region by coalescence of two smaller bub-
bles, migrates to the pipe centre. If it is stable enough to
do this migration without break-up, it has a good chance
to survive also in the pipe centre. For this reason the ap-
pearance of relatively stable bubbles larger than 5.8 mm
(air—water system) is a necessary condition for the change
from bubble to slug flow.

That means:

(1) The consideration of the bubble size distribution
is essential for the prediction of the change of the flow
pattern.

(2) The radial gas fraction distribution must be re-
solved into the contributions of bubbles according to their
size for calculating rates for coalescence and break-up.

Many attempts were done to use two- or three-dimen-
sional CFD codes to predict radial distributions of the
gas fraction [8, 14, 15]. Because of the high computa-
tional effort there are limits in considering several bubble
classes in multi-dimensional calculations. The ideas dis-
cussed above suggest that for a first step the consideration
of the bubble size distribution should be more important

the bubble diameter. In case of a water—air system under for evolution of the flow than a transient modelling of
atmospheric pressure this change was found at a bubble three-dimensional velocity fields.

diameter of about 5.8 mm. Bubbles with a diameter
below 5.8 mm should be found preferably near the wall
and larger bubbles in the pipe centre.

This fact is very important for the modelling of the
spatial evolution of developing two-phase bubble flow
in a vertical pipe including the prediction of a change
of the flow pattern. Bubble coalescence and break-up
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A one-dimensional model was developed, which re-
solves the parameters in radial direction. It allows the pre-
diction of the radial bubble distributions in a vertical pipe
flow from a given bubble size distribution. Experimen-
tally determined bubble size distributions were used as
input of the model. They were measured for several com-
binations of gas and liquid volume flow rates. The model
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is based on the assumption of equilibrium of the forces
acting on a bubble perpendicularly to the main flow direc-
tion, what corresponds to fully established profiles. This
guasi-stationary approach leads to low computational ef-
forts. By this model the dependence of radial distribu-

tions on the bubble diameter can be checked using a large

number of bubble classes.

2. THE MODEL

2.1. Balance of the forces acting
perpendicularly to the flow
direction

In vertical pipe flow, forces acting perpendicularly
to the flow direction (nondrag forces) determine the
establishment of radial gas profiles or, in other words,
radial distributions of the bubbles. The forces taken into
account are: the transverse lift force, the lubrication
or wall force and dispersion forces. The model does
not consider single bubbles, but the radial distributions
of volume fractions. For a mono-dispersed flow with
bubbles with a volumé/,pn the volume fraction can be
defined as

)
wherenpypp is the number of bubbles per unit volume.

According to [16, 17] the forces acting on a bubble are
determined by the Reynolds number, E6tvds number and
Morton number:

a = Vpubblbubb

d
Re— P Wreldbubb )
m
_ d?
Eo— g(pl Pg) bubb 3)
o
4o _
M= w (4)
pio

The classicalift force was introduced about 20 years
ago to model the observed wall peaking [10]. This force
is shear induced. Related to the unit volume it can be
calculated as

FL=—-CLp(wg— w) x rot(w)

(5)

with a positive lift force coefficienCi. A positive sign
means that the lift force acts towards decreasing liquid
velocity, i.e. for the upwards flow in a vertical pipe to-
wards the pipe wall. Tomiyama et al. [12] proposed an-
other kind of transverse lift force, which is caused by the
interaction between the wake and the shear field. It acts in

the opposite direction, that means it is also calculated by
equation (5), but has a negative coeffici€nt Tomiyama

et al. [18] express both forces summarized as a net trans-
verse lift force with the experimentally determined coef-
ficientCy:

min[0.288 tantt0.121Re), f (Eog)|
forEoq < 4

f(Eoq) for4 <Eoq <10

0.29 forEoq > 10

T:

(6)

with
f(Eog) = 0.0010%E03 — 0.015%E03 — 0.0204E04 +0.474

This coefficient depends on the modified E6tvds number
given by
(o — pg)d3
=7 O @)
o
Here dy is the maximum horizontal dimension of the

bubble. It is calculated using an empirical correlation for
the aspect ratio from [19] by the following equation:

dn = doupy 1+ 0.163E00757 8)

For the water—air system at normal conditi@giischanges
its sign atdpypp= 5.8 mm.

Thelubrication force, introduced by Antal et al. [11],
acts to drive bubbles away from the wall. Tomiyama et
al. [12] developed a modified equation for this force per
unit volume:

Eoq

Fw=—-Cw

dpubb( 1 1 2
2 (? e y)z)p'wfe'"r ©
They determined the coefficiedty for a system with

logM = —-2.8 as

exp(—0.933E0+0.179 forl<Eo<5
0.007E0+ 0.04 for5<E0<33
(10)

As mentioned above, the presented model does not
consider individual bubbles, but continuous radial dis-
tributions. Theturbulent dispersion force considers the
smoothing of these radial gas profiles caused by the tur-
bulence. That means, this force is introduced to simulate
a phasic diffusion. Lahey et al. [20] derived an equation
for the force per unit volume as

|

Fp = —0.1pk gradx (112)

Following [14] there is a fluctuating motion of single
bubbles, which increases with the E6tvds number. It
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is caused by the deformation of the bubbles. These depend omx(r), and so the system of equations is solved
fluctuations cause an additional smoothing of the profiles, by an iteration procedure. The dependence of the relative
which is not covered by the dispersion force accordingto velocity of the gas phase compared to the liquid, on
equation (11). For this reason a second dispersion force the radial position is neglected, but an average value for
is introduced, which depends on the Edtvés number. As each bubble class is calculated using the drag coefficient
reported in [14] the fluctuations were observed at bubbles given in [14].

with E6tvés numbers larger than about 1. For this reason

we stated
2.2. Radial profile of the liquid velocity

Fp o = —Cp Eopi (EO — 1)grady (12)

Th c i< th | del The radial profile of the liquid velocity is calculated
€ parameteCp o IS the only new model parameter. ¢, o given radial gas distribution using the model of

According to mtegra_lz e_xpenmental data (see below) Sato et al. [21, 22]. They subdivided the eddy diffusivity

Cpbko = 0‘00_15 nf-s™2 is assumed foiEo > 1. For into two components. The first component considers the

Eo <1 Cp.go I set to zero. inherent wall turbulence, which does not depend on the

The radial balance of forces can be written as bubble agitation, the second considers the turbulence
caused by the bubbles. This causes a feedback between
o (FL + Fw) + Fp + Fp,eo =0 (13) the radial gas profile and the radial profile of liquid

velocity. The complete model equations as well as a
scheme for a numerical solution procedure can be found
in [22]. The wall shear stress, is calculated by an
iteration procedure until the averaged liquid velocity

where the scalar forces denote the components in radial
direction. Applying equations (5), (9), (11) and (12) the
resulting equation is

do dw equals to the given liquid volume flow rate.
(0.2 + Co,eo(E0— 1))3 + <CTwre'W Besides the radial gas profiter) the model of Sato
d 1 1 needs as an input the bubble diameter and the relative
+Cw bubb( - 2>wrel>0‘ =0 velocity of the gaswye. For the last two parameters
2 \(R-r) (R+7) values averaged over all bubble classes are taken to keep

(14) the model simple. In the result the radial profile of the
liquid velocity dw;/dr and the turbulent viscosity; are

This equation is a first-order differential equation with - .
9 q calculated as functions of the radius.

respect toa(r). The coefficients depend on. The
equation is valid only for a mono-dispersed bubble
distribution with a bubble diametéypp 2.3. Radial profile of the liquid

For real bubble distributions a subdivision into several turbulent kinetic energy
bubble classes is done. According to these bubble classes
the gas volume fractioa is subdivided into gas volume

fractionsa; with For the calculation of the turbulent kinetic energy

the equations of thé—s model are used. A common
nonlinear differential equation of the second order for the
steady state turbulent kinetic energgf the liquid can be
derived by using the following assumptions:

«; is the total volume fraction of bubbles with a diameter, e The time-averaged liquid velocity has only a compo-
which is within the bubble class Equation (14) has now nent in axial direction.
to be solved separately for each bubble clastth «; (r) e The time-averaged liquid velocity is only a function of

as a result. For given coefficients it is solved starting at he radius and does not depend on the azimuthal position
the centre of the pipe with; (r = 0) = 1. The resulting and the height.

a; (r) is renormalized according to the volume fraction of .
the bubble classin the bubble size distribution. According to thek— model, the turbulent energy
satisfies the following balance equation:

The coefficients in equation (14) depend on the turbu-

a(r) =Y a;(r) (15)

lent kinetic energy of the liquid, and the gradient of the ki - o *t _
liquid velocity dw/dr as a function of the radius. Their Btplkl +divipikw) = div ngradlq) +Pe—pe
calculation is presented in the next two chapters. They (16)
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with the turbulence production ter#, which simplifies
with the assumptions mentioned above to

dw 2
Pr = it o

Further, the relation

(17)

k2

m=Cup— (18)

is used.

For steady state conditions and considering only radial
dependences of all properties and the relations (17) and
(18) the equation (16) results in

1) dh
okr

i &%k, 1 dut
+ <O’k dr + dr

(r_k dr?

Cp? dw; \ 2
Mt dr

This equation is transferred to a discrete difference

scheme and solved with the boundary conditions
ki(R)=0and d;/dr =0 forr =0.

dk

(19)

2.4. Iteration procedure

The radial gas fraction profiles are calculated by an
iterative procedure. The iteration starts from a uniform
distribution of the gas fraction. The radial profile of liquid
velocity and afterwards the radial profile of the liquid
turbulent energy are calculated for this gas profile. Then
equation (14) is solved for each bubble clagg:) is
calculated according to equation (15). This is used for
a new calculation of radial profiles of liquid velocity and
turbulent kinetic energy. An under-relaxation is necessary
to guarantee the stability of the iteration.

There is a very sensitive feedback between the veloc-
ity profile and the gas fraction profile. In case of a flow
with bubble sizes below 5.8 mm the feedback smoothes
the radial gas profiles. The bubbles are located preferably
at the wall region. For this reason the liquid velocity near
the wall is increased. This smoothes the velocity profile
apart from the wall and reduces the lift force in the core
region of the flow, which acts towards the wall.

Otherwise, if a considerable fraction of bubbles with
a diameter larger than 5.8 mm occurs, there is a posi-
tive feedback between the gas and velocity profiles. The
bubbles in the centre accelerate the liquid. For this rea-
son the velocity gradient in the central region increases.
This again causes an increase of the lift force, which acts

towards the pipe centre. The turbulent component of the
dispersion force is not large enough to distribute the large
bubble over the cross section of the pipe. Instead they ac-
cumulate near the centreline, which is in contradiction to
the experimental observations. Obviously, another mech-
anism is dispersing the bubbles, which is not covered
by any of the models introduced up to now. The fluc-
tuating movement of the large bubbles, as observed by
Tomiyama [14], may be such a mechanism. Due to the
oscillatory trajectory, the bubbles are moved away from
the centreline. That is why the additional dispersion force
according to equation (12) was introduced. It describes
the fluctuating movement of large bubbles and prevents
their accumulation within a small region close to the cen-
treline. The parameteTp g, Was tuned to achieve a good
agreement between calculated and measured radial pro-
files for large bubbles.

Besides the description of fluctuations in bubble mo-
tion, this additional dispersion force also solves two other
problems of the model. At first the balance of forces is
based on the assumption of an idealised bubble, where all
forces act at the centre of mass. In reality, the bubble is
exposed to an inhomogeneous liquid velocity profile and
the forces act on the bubble surface. The larger the bubble
diameter the more the velocity gradient over the bubble
differs from that at the centre of mass. This is especially
important if the bubble is located near the maximum of
the velocity profile. In this case the real lift force is hard
to determine, because the force calculated for the location
of the centre of mass differs significantly from the forces
acting at the bubble surface, which may even act in dif-
ferent directions. The second problem is that the velocity
profile is distorted by large single bubbles. For this reason
it can be assumed that the calculated lift force is not con-
sistent if the bubble diameter is larger than about half of
pipe diameter. These problems are partially compensated
by the E6tvés-number-dependent dispersion force.

Calculations with an assumed velocity profile accord-
ing to a I/ m law have shown that the feedback of the gas
fraction profile on the velocity profile is not negligible.
Even for an integral gas fraction of only 1-2 % the gas
fraction profiles calculated by the presented model differ
significantly from that obtained with a constant velocity
profile.

3. COMPARISON WITH EXPERIMENTAL
DATA

Experimental data obtained from measurements at
the two-phase flow test loop of the Institute of Safety
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Figure 1. Scheme of the wire mesh sensor with 16 x16
electrode wires.

Research [23] were used for the validation of the model.
The measurements were carried out at a vertical test
section of 4 m heightand 51.2 mm inner diameter. Water—
air flow under normal conditions was used. Air was
injected through a system of capillaries. The ends of these
capillaries are equally distributed over the cross section
of the pipe. During one experiment gas and liquid flow
rates were held at constant values, i.e. the properties of
the flow changed only with the distance along the pipe,
but were constant in time.

The test section was equipped with a wire mesh sen-
sor [24], shown infigure 1. The sensor consists of two
layers, each of 16 parallel wires with a distance of 3 mm.
The two layers are arranged with crossed wires. The dis-
tance between the layers amounts to 1.5 mm. By a multi-
plex electronic circuit the conductivity is measured sub-
sequently at each cross point. On the basis of the local
instantaneous conductivity of the two-phase mixture at
the crossing points of the wires of the two grids, the sen-
sor allows the determination of the gas fraction distribu-
tion over the area of the sensor with a frequency of 1 200
frames per second. The wire-mesh sensor delivers a se-
guence of two-dimensional distributions of the local in-
stantaneous gas fractief, j, k), measured in each mesh
formed by two crossing electrodes. Herés the num-
ber of the transmitter wirej the receiver wire. The in-
dexk denominates the instantaneous current distribution
in time. In general, a bubble is extended over more than
one mesh. Due to the high time resolution it is mostly
mapped in several successive frames. By integrating the
local instantaneous gas fractions over the area belonging
to a bubble, its volume and, consequently, its effective

222

~§ Dispersed Bubble Flow

‘_8 a @@

10 [ B AR

= e : \e o oo .| Annular

5 . & % seessese| Cion

o coolflosen e / L T EEEE]

B e o 0o e ¢ o b '- L fale &0 & 8 g

= 01 — === o o 0 ofe o o o ele 2 2 2 2 &

g eeoflec ®qdoeeeoeleee ®

Q Bubble Flow Slug Flow | Slug Flow or

@ Foam Flow ‘
0.01 | | ! |

0.001 0.01 0.1 1.0 10.0 100.0

Superficial Gas Velocity [m/s]

Figure 2. Flow map. The borderlines for the transition of
the flow regimes were taken from [1]. The points indicate
the performed tests. The marked points were used for the
validation of the model.

diameter can be assessed. This allows one to obtain bub-
ble size distributions [23, 25]. This requires the following
steps of data processing:

o Identification of bubbles, i.e. of areas containing gas
and surrounded by the liquid phase. Technically this is
done by assigning an identifying number to all elements
(i, j, k) of the measured gas fraction distributicm, j, k)

that fulfils the mentioned condition.

e Integrating the local instantaneous gas fraction over
the elements belonging to the given bubble to obtain the
bubble volume and transfer to an equivalent diameter.

e Calculation of a statistical distribution with the equiv-
alent bubble diameter as variable.

Two-dimensional gas fraction profiles can be obtained
by averaging the instantaneous two-dimensional distrib-
utions over a period of several seconds. Using the identi-
fying number that indicates to which bubble a given local
instantaneous gas fraction value belongs, profiles can be
calculated also considering only those bubbles, the diam-
eter of which lies in a given interval. This results in partial
gas fraction profiles for a distinct bubble size interval.

Measurements were performed for a large number
of combinations of liquid and gas volume flow rates at
7 different height positions. For the validation of the
presented model the upper positidty © = 60) and the
combinations of volume flow rates markedfigure 2 by
the bars were used. Measured bubble size distributions
were used as an input of the model. The width of the
bubble classes was 0.25 mm.

The model well predicted wall or centre peaking of the
gas volume fraction for all the investigated data points.
As an examplefigures 3—6 show the radial profiles for
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Figure 3. Measured bubble size distribution and radial gas
distribution (solid line: prediction, stars: experimental data),
ji=0.4048 m-s7%, j; =0.0096 m-s~1.
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Figure 4. Measured bubble size distribution and radial gas
distribution (solid line: prediction, stars: experimental data),
ji=0.4048 m-s7%, jg=0.0235 m-s71.
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Figure 5. Measured bubble size distribution and radial gas
distribution (solid line: prediction, stars: experimental data),
ji=0.4048 m-s7!, j;=0.0574 m-s~1.
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Figure 7. Measured (stars) and predicted (solid line) radial
profiles of the gas fraction in dependence on the bubble
diameter.

the 4 bold marked points of the flowmap (dagre 2).
The liquid superficial velocity equals to 0.4048smt
and the gas superficial velocity increases from 0.0096
to 0.1402 ms~L. The experimental data are plotted for
each crossing point of the wires of the two grids (see
figure 1). For this reason, several data points are plotted
for one radial position. The scattering of them is caused
by some azimuthal non-uniformity. The radial profiles
are very well predicted by the model. Please note that the
coefficient for the Edtvds-number-dependent dispersion
force is the only tuned parameter of the model! All
other parameters were taken from literature without any
change.

Figure 7 shows a comparison of the radial profiles
of the gas fraction for distinct bubble size classes for
ji=0.4048 ms™! and jg = 0.0574 ms~l. There is

peaking to centre peaking (ségure 2). In some cases
the profiles are overestimated in the centre region. This
may be explained by the limitation of the model to steady
state conditions. In reality in such cases there is a high
coalescence rate for bubbles below 5.8 mm in the near-
wall region. Due to the coalescence, bubbles larger than
5.8 mm are generated. However, the model assumes an
equilibrium of the radial forces, that means these bubbles
immediately move to the centre region. In reality they
need some time to move from the wall region to the
centre. Therefore, they are found still near the wall in the
experimental data. This also explains the overestimation
of the gas fraction in the pipe centre in the case of
6—8 mm bubbles shown fiigure 7.

4. CONCLUSIONS

The presented model allows the prediction of ra-
dial gas profiles in vertical pipe flows. In particular,
the model allows a prediction whether wall peaking or
centre peaking occurs in dependence on the gas and
liquid volume flow rates and the bubble size distrib-
ution. The good agreement between experimental and
calculated data confirms the dependence of the radial
forces acting on a bubble on the bubble size as re-
ported by Tomiyama [14]. The correlations for these
forces as well as the model for the radial velocity pro-
file form were taken from literature without any change
of the empirical parameters. The only extension was
the introduction of E6tvs-number-dependent dispersion
force.

The dependence of radial forces on bubble size is very
important for the modelling of the transition between
bubble flow and slug flow. It is supposed that the attempts
for a one-dimensional modelling of bubble coalescence
and bubble break-up suffer from neglecting the radial
profiles of the particle densities for the single bubble
classes.

This assumption will be proved in a next step by
including correlations for bubble coalescence and break-
up into the presented model. Then only an initial bubble
size distribution has to be given and the change of this

a very good agreement between calculated and measureddjstribution in time can be evaluated. That corresponds

data. This confirms the results from [14] concerning the
bubble size or E6tvés number dependence of the lift force
and radial gas fraction profiles.

The largest deviations of measured and predicted
profiles were found in the transition region from wall
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to the change of a bubble size distribution along the flow
path, if the differences of the velocity of different bubble
classes are neglected. Another possibility is a connection
of this model with a one-way bubble tracking method as
suggested in [18].
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